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In this study, trends from an adsorption process simulator are compared against
experimental results obtained from a Rapid Pressure Swing Adsorption (RPSA) pilot plant
for the separation of air over a packed bed of LiLSX pellets. The primary purpose of this
study was to examine the impact of two model formulations for intrapellet mass transfer
on predicted process performance, the linear driving force model and a rigorous pellet
model (the viscous flow plus dusty gas model intrapellet flux equation). Non-isothermal
and non-isobaric behavior is maintained within the model formulation. Nine PSA data sets
at cyclic steady state were measured, with total cycle time varying from 8 to 50 s. At the
short cycle time, large discrepancies between the simple lumped model and the rigorous
pellet model arose, with the rigorous pellet model tracking qualitative trends in pilot plant
data more faithfully than the simple model. The accepted value for the dimensionless cycle
time �i below which linear driving force models fail is 0.1. However, our data and models
suggest that a more appropriate value would be 1.0. Below �i � 1.0 the simple linear
driving force model started to deviate from experimental data and the rigorous pellet
model. This suggests that conclusions from studies of single pellets may not apply
rigorously to packed beds of pellets in which each pellet is exposed to rapidly varying and
coupled boundary conditions in which composition, pressure, and temperature all change
with time. © 2006 American Institute of Chemical Engineers AIChE J, 52: 3126–3145, 2006
Keywords: linear driving force model, dusty gas model, transport in porous media, rapid
pressure swing adsorption, simulation

Introduction

The last 20 years have seen rapid growth in the development
of pressure swing adsorption, particularly in relation to three
key process applications: air dehumidification, hydrogen en-
richment, and air separation.1-3 One particular technology,
Rapid Pressure Swing Adsorption (RPSA), has shown recent
advancements in process design and operation and is of interest
because the process plant size decreases as cycling becomes
more rapid.4,5 There is great interest in simulating these pro-
cesses to avoid the need to build and run a pilot plant for design
and optimization work.

Mathematical models of varying complexity have been de-
veloped for predicting RPSA performance.6-11 Very few stud-
ies, however, have investigated the predictive ability of a fully
Discretized Pellet Model (DPM) using the dusty gas model flux
equation incorporating viscous flow (we refer to this model
here as VF�DGM) to describe process performance of an
RPSA system. The reason for this reluctance is the extensive
computational time required to converge the resulting set of
differential equations describing mass and energy conservation
for the packed bed to cyclic steady state. The impact of pres-
sure drop on process performance as a function of cycle time
for a non-isothermal, bulk adsorbing separation during an
RPSA cycle has similarly received minimal attention across the
published literature. It is the aim of this study to understand
how the results from an adsorption simulator will deviate
between the linear driving force and DPM approach to mass
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transfer at cycle times approaching the RPSA limit. In addition,
the isobaric vs. non-isobaric assumption on model predictions
at the RPSA limit is compared. The system considered here is
a 1-bed PSA containing a single layer of LiLSX molecular
sieve zeolite (purchased from Zeochem) for the separation of a
dehumidified stream of air, assumed to be a binary mixture of
O2 and N2.

Intrapellet Mass Transport Models used for
Adsorption Simulation

The conservation of mass for species i in an adsorption
column operating under non-isothermal conditions takes on the
following form, assuming cylindrical geometry:
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where R represents the ideal gas constant in J gmole�1 K�1, T
the temperature in K, pB interpellet pressure in Pa, t time in s,
z axial position in m, vB interstitial gas velocity in m s�1, �B

interpellet void fraction, dP the pellet diameter in m, Ni,dP
the

flux of gas into and out of the pellets at the pellet surface in
gmole m�2 s�1, and Nc the number of components present in
the system, which for this study is 2. For the rigorous mass
transfer model, the pellets are discretized. The conservation
equation within the pellets, described here using spherical
geometry, takes on the following form:
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where �P defines the intrapellet void, ni,eq
P the amount adsorbed

in gmole kg�1, pP intrapellet pressure in Pa, �P pellet density in
kg m�3, r the radial coordinate within the pellet in m, and N the
molar flux in gmole m�2 s�1. A dual-site Langmuir isotherm is
used here to describe ni,eq
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mi,site 1 and mi,site 2 are the saturated adsorbed phase loading for
sites 1 and 2, respectively, in gmole kg�1; bi,site 1 and bi,site 2 are
the pre-exponential factors for sites 1 and 2, respectively, in
Pa�1; and Qi,site 1 and Qi,site 2 are the heats of adsorption for
sites 1 and 2, respectively, in J gmole�1. The pellet model
requires Eq. 2 to be discretized across the pellet domain using
Nr spherical control volumes, with the VF�DGM describing
gas transport between each control volume.
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DK
e represents the effective Knudsen diffusion coefficient in m

s�2, yP the intrapellet mole fraction, Dm
e the effective molecular

diffusion coefficient in m s�2, Be the effective viscous flow
coefficient in m2, and �P the intrapellet viscosity in Pa s. The
DPM, in conjunction with the VF�DGM, presents a set of Nc

Nr ODEs that need to be solved at each cylindrical control
volume within the adsorption bed.

The linear driving force model can be obtained from the
rigorous model by appropriate averaging. Volume averaging
Eq. 2 over the pellet radius reduces Nr to 1, requiring just Nc

ODEs to be solved over each cylindrical control volume within
the adsorption column:
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A tilde over a variable (	) indicates that parameter is volume
averaged over the pellet. Applying Fick’s first law of diffusion
allows Ni (which is now evaluated at the surface of the pellet)
to be decoupled within Eq. 4:
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Coupling Eqs. 5 and 6 is termed here the partial pressure form
of the linear driving force model (LDFP). The LDFP model
rigorously accounts for the coupled nature of the equilibrium
isotherm in addition to temperature deviations unlike the more
traditional solid diffusion form of the LDF model. The intro-
duction of Ki is equivalent to defining an intrapellet profile on
p̃i

P to solve Ni at the pellet surface.12 Do & Mayfield12 indicate
this intrapellet profile continually changes during a cycle so Ki

can be effectively referred to as a “time-dependent LDF con-
stant.” While the LDFP model is somewhat simpler in appli-
cation to the DPM, the LDFP model inherently contains some
limiting assumptions at the RPSA limit.13-15

The conservation of energy is retained within the model
formulation to account for temperature variations that occur
due to the adsorption of a bulk component from the gas
stream.16 Non-isothermal effects become important when tem-
perature variation from adsorption/desorption become signifi-
cant enough to affect the resultant loading and, hence, perfor-
mance. The temperature variation at a point in the bed is
proportional to the product of the working capacity and the heat
of adsorption. If both of these are “small,” that is, adsorption of
a trace component that is weakly adsorbed, then the tempera-
ture effects may be ignored. This is the case with modeling
N2PSA, in which the oxygen is selectively adsorbed from air
and is weakly adsorbed (a kinetic separation). Although oxy-
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gen is not a trace component, it is relatively dilute (21% in air).
On the other hand, in the present case, nitrogen is being
adsorbed and is present as a bulk component (78%) with a
reasonably large heat of adsorption (	30,000 J/gmole). The net
result is that temperature profiles reveal variations in the bed by
as much as 50 K. Given the sensitivity of the equilibrium
adsorbed phase loading to temperature, a temperature variation
of this magnitude cannot be neglected. The energy balance
must, therefore, be included as:
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P are the inter- and intrapellet gas phase density in
gmole m�3, Ug,i

B and Ug,i
P the inter- and intrapellet internal

energy of the gas phase in J gmole�1, Ua,i
P and Us

P the internal
energy of the adsorbed and solid phases in J kg�1, Hg,i

B the
enthalpy of the gas stream in J gmole�1, hB,W the bed-to-wall

heat transfer coefficient in W m�2 K�1, dbed the internal
diameter of the adsorption column in m, and TW the tempera-
ture of the adsorption column wall in K. Dynamic pressure
profiles across a packed bed of adsorbent material can be
modeled using the steady state Ergun equation.17,18
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Here 	viscous represents the numerical constant of the viscous
term, 	kinetic the numerical constant of the kinetic term, and �B

the interpellet viscosity in Pa s.

Experimental Apparatus and Cycle

All aspects of process design and operation of the experi-
mental pilot plant introduced in this study can be found in
Todd.19 A schematic diagram of the system showing valving
and the four-step cycle used in this study is shown in Figure 1.
Product composition was measured using a Servomex 1440C
paramagnetic oxygen analyzer. Calibration of this analyzer was
performed using pure nitrogen, pure oxygen, and a 90
mol%O2/10 mol%N2 gas mixture. Plant operation is controlled

Figure 1. One-bed, four-step cycle initiated on the RPSA pilot plant.
(a) In step 1, gas from the feed tank is used to pressurize the sorbent bed. (b) When ptop 
 ptank, step 2 starts and product gas is withdrawn
from the column. (c) In step 3, the sorbent bed is depressurized to atmosphere. (d) In step 4, a small amount of gas from the product tank flows
back through the bed as purge.
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through a GE Fanuc 90–30 PLC that operates each valve while
continually monitoring all analog input devices.

To minimize model mismatch that can potentially arise
with asymmetrical profiles for two-bed operations,20 a one-
bed four-step cycle was used, as shown in Figure 1. Step 1
involves co-current pressurization from the bottom of the
packed bed to the top with feed gas. Step 2, feed plus make
product, begins when the pressure in the void space at the
top of the sorbent bed is equal to or greater than product tank
pressure. Although times for steps 1 and 2 were not pre-set
before starting a run, the total time for these two combined
steps was allocated half of the total cycle. This effectively
means the time for which “adsorption” and “desorption” are
being performed constitutes half of the total cycle time. At
the completion of step 2, all solenoid valves on the top
manifold are closed and the bed is depressurized in the
counter-current direction from the top of the packed bed to
the bottom through SV3 to atmosphere. Once the bed has
reached a designated minimum in pressure, counter-current
purge (step 4) is performed by allowing a small amount of
product gas to flow back into the bed from the product tank
while desorbed gas is still being withdrawn from the bottom
of the column.

Target values for end of step pressures and product
purity

When the RPSA pilot plant was running, one target purity
and three target pressures were maintained at cyclic steady
state (CSS) using each of the four modulating valves located
around the plant (labeled MV1 through MV4 in Figure 1). A
summary of these target values and the corresponding valve
used to achieve that particular control target is provided in
Table 1. Note the range for each target value on pressure is
assigned as the uncertainty in each transducer reading. The
lower pressure limit of 120 kPa was always maintained on step
3 to ensure the packed bed was higher than atmospheric pres-
sure throughout the cycle; this avoids atmospheric air flowing
back into the packed bed should the column completely de-
pressurize before purge commences. Bed pressure increases
slightly during purge so the pressure at the end of steps 2 and
3 defines the pressure window over which the cycle operates
and, hence, two parameters to control. The high purity target of
90 mol%O2 is a typical purity required from most industrial
PSA plants.21 This same target value also indicates a large
majority of the MTZ should remain within the bed to maintain
purity. Although the second purity target of 80 mol%O2 is not
so common industrially, this does allow partial breakthrough to
occur and, hence, the MTZ is not necessarily confined to the
packed bed.

End of step purge pressure, 140 kPa absolute, was an arbi-
trary value that was selected according to the following heu-
ristics. An increase in pressure from the end of counter-current
depressurization to purge was desired so that gas was always
flowing in the negative z direction (that is, from the product
tank to exhaust line) to ensure the nitrogen Mass Transfer Zone
(MTZ) was pushed further back in the bed. The ensuing “feed
plus make product” step will, therefore, commence with the
upper region of the bed relatively clean when SV7 opens to the
product tank. While pressure should increase, end of step purge
pressure should not be too high with respect to the pressure
window; otherwise, the bed will be over-purged. This means
the volume of product gas passing back into the bed as purge
is greater than the minimum required to maintain purity, with
specific productivity and recovery decreasing as a result. From
these two heuristics, end of step purge pressure is now a
parameter that needs to be optimized for each cycle under
consideration if process performance is the parameter of inter-
est. Since we are not concerned with performance optimization
in this study, we are not concerned with end of step purge
pressure that corresponds to the optimal operating condition.
Further to this, a reduction in cycle time may potentially alter
optimum end of step purge pressure due to the changing
influence of intrapellet mass transfer and interpellet pressure
drop. For this reason, 140 kPa was deemed suitable without the
need to perform additional runs at each cycle time and pressure
window under investigation.

Cycle times investigated

The longest cycle time used on the RPSA pilot plant for
which CSS could be maintained was 50 s. This time represents
the slowest cycle performed in this study. As mentioned earlier,
the combined times for steps 1 and 2 was half of tcycle. The
remaining two steps of the cycle used fixed step times. In
assigning these times, it was arbitrarily stipulated that 12 to
14% of the cycle be devoted to purge to the nearest second.
From this, the balance in cycle time was designated for step 3,
counter-current depressurization. Table 2 provides a summary
of the five cycle times investigated. Table 2 also provides an
approximate estimate on the magnitude of the dimensionless
time parameter �i commonly encountered in the RPSA litera-
ture. To calculate �i for nitrogen and oxygen, the Bosanquet
assumption for combined intrapellet molecular and Knudsen
diffusion was used.22 Given this effective coefficient is often
stated in surface diffusion form, a correction for the equilib-
rium isotherm derivative is required. The governing form of �i

can be described analytically as follows:

Table 1. Parameters That Were Controlled Around the RPSA Pilot Plant

Parameter of Interest Target Value(s) Valve Used to Achieve Target Value

Average product gas purity over cycle 80.0 � 1.0 mol%O2 Modulating valve on product line, MV4
90.0 � 1.0 mol%O2

Pressure at bottom of bed, end step 2† 400 � 3 kPa Modulating valve on feed line, MV1
Pressure at bottom of bed, end step 3† 120 � 3 kPa Modulating valve on exhaust line, MV2
Pressure at bottom of bed, end step 4† 140 � 3 kPa Modulating valve on purge line, MV3

Since two different pressure windows and product purities are considered, the first two entries in this table are set to one of two possible combinations.
†Note that the “bottom of bed” is represented by the void volume located between the packed bed interface and SV1 and SV3.
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where De represents the average diffusion coefficient in m s�2,

 the Lennard-Jones collision diameter in Angstrom, � the
dimensionless collision integral, Cm the dimensionless struc-
tural parameter for molecular diffusion, M the molecular
weight in g gmole�1, CK the dimensionless structural param-
eter for Knudsen diffusion, and � the intrapellet pore diameter
in m. Values of �i were obtained by assuming intrapellet gas is
at “average” conditions: 300 kPa, 290 K, and feed composition
(78 mol%N2/22 mol%O2). This number provides a first ap-
proach estimate to the definition of an RPSA cycle: Glueck-
auf,23 Jury,24 and Nakao and Suzuki25 suggest �i 
 0.1 is
RPSA. From these estimates, the shortest cycle time is close
but still above this limit. With respect to industrial literature,
the 22, 14, and 8 s cycle times are classified as RPSA cycles:
Dangieri and Cassidy26 and Wells27 suggest tcycle 
 30 s is
RPSA.

Simulating the RPSA Pilot Plant

Table 3 summarizes the physical dimensions of interest
required to simulate the RPSA pilot plant, in addition to the
physical properties of the adsorbent. For all simulations per-
formed in this study, bottom and top void volume models were
simulated as CSTR’s and set to the corresponding experimental
volume value shown in Table 3. Vbottom is the void volume
between the bottom of the packed bed and the valve seats of
SV1 and SV3. Vtop is the void volume between the top of the
packed bed and the valve seats of SV5 and SV7. In addition to
this, pbottom refers to the pressure in the void volume below the
packed bed, ptop to the pressure in the void volume above the
packed bed, and ptank the pressure within the product tank. The
adsorption columns are constructed from stainless steel 304
with a wall thickness of 0.0034 m. A rigorous energy balance
over the metal walls of the adsorption column was included in
the model formulation to account for the accumulation and
conduction of energy along the walls. Leva’s correlation was
used to calculate a local heat transfer coefficient between the
sorbent bed and wall at each axial coordinate inside the ad-
sorption column.28 External film heat transfer coefficients from
the wall to ambient were set to zero since the adsorption
column was wrapped with insulation.

Numerically, product flow per cycle is calculated from the

accumulated moles obtained downstream of SV7 on step 2
minus the moles of gas passing back into the bed as purge on
step 4. Hence, product gas purity is calculated as the ratio of
oxygen to total flow obtained during step 2 of the cycle. After
step 2 of each simulated cycle, the simulator updates product
gas composition based on this ratio and passes this composition
back into the top void on step 4.

With numerical valve coefficients controlled to achieve end
of step pressure and purity targets, no fitting parameters remain
to match experimental data. Equilibrium isotherm parame-
ters,19 intrapellet structural parameters,29,30 and pressure drop
coefficients18 were determined independently. The isotherm for
N2 and O2 on LiLSX was measured and correlated using the
Dual-Site Langmuir Equation. Experimental profiles obtained

Table 2. Individual Step and Cycle Times Considered on the RPSA Pilot Plant

Total Cycle Time
(s)

Steps 1 and 2 Combined
(s)

Step 3
(s)

Step 4
(s)

�i for Nitrogen
(�)

�i for Oxygen
(�)

50 25 19 6 �4.2 �11
36 18 13 5 �3.0 �8.5
22 11 8 3 �1.9 �5.2
14 7 5 2 �1.2 �3.3

8 4 3 1 �0.7 �1.9

Also included are the calculated values of �i for nitrogen and oxygen in each of these cycles.

Table 3. A Summary of Experimental Parameters That
Characterize the RPSA Pilot Plant and LiLSX Adsorbent

Pellets Packed Within the Adsorption Column

Parameter Magnitude Units

mbed 11.29 � 0.5 kg
Lbed 1.00 � 0.01 m
dbed 0.156 � 0.001 m
Vbottom 2.68 � 0.05 �10�3 m3

Vtop 2.28 � 0.05 �10�3 m3

dP 1.7 � 0.2 �10�3 m
�P 926 � 77 kg m�3

�P 0.62 � 0.04 —
�B 0.35 � 0.06 —
� 2.5 � 0.4 �10�7 m
CK 0.083 � 0.018 —
Cv 0.061 � 0.026 —
Cm 0.166 � 0.040 —
	viscous 154 � 14 —
	kinetic 1.47 � 0.13 —

Component
msite 1 bsite 1 Qsite 1

(gmole kg�1) (kPa�1) (J gmole�1)

Nitrogen 1.316 � 0.020 (1.601 � 0.015) � 10�6 21,540 � 50
Oxygen 1.316 � 0.020 (2.727 � 0.015) � 10�6 13,550 � 50

msite 2 bsite 2 Qsite 2

(gmole kg�1) (kPa�1) (J gmole�1)

Nitrogen 1.625 � 0.020 (4.379 � 0.015) � 10�8 26,410 � 50
Oxygen 1.625 � 0.020 (1.882 � 0.015) � 10�6 13,610 � 50
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during pilot plant operation from the product tank have been
used as boundary conditions in the simulator to fit product tank
response. We are mainly concerned here with dynamics that
reside within the adsorption column, not with detailed model-
ing of the pressure/temperature history of the product tank.
Fitting this experimentally means errors in the product tank
model do not manifest in any deviations observed numerically
for the packed bed, allowing valid conclusions to be made
regarding bed response that are independent of the tank model.

Our adsorption simulator employs a successive substitution
approach to CSS from an arbitrary set of initial conditions over
a predefined cycle arrangement. Initially, we use the simple
linear driving force model to approach cyclic steady state;
thereafter, the detailed mass transfer model is automatically
activated in the simulator and the calculations progressed to
cyclic steady state again. This avoids the need to compute all
cycles with the detailed model. For all RPSA pilot plant sim-
ulations, the CSS check of Todd et al.31 was used, with the
magnitude of these parameters shown in Table 4.

Appropriate level of axial and radial discretization

One limitation inherent with numerical models and adsorp-
tion simulation is the appropriate level of axial discretization,
Nz, required to suitably resolve all spatial profiles across the
sorbent bed. In addition to this, Todd and Webley30 revealed
some dependence on the level of radial discretization within the
pellet, Nr, for single step breakthrough experiments. A priori
estimates on these parameters for the simulation of an RPSA
cycle when producing oxygen enriched air are not generally
available. From this point, an appropriate level of discretization
across both domains had to be selected that:

(i) Allows a solution to be attained within a reasonable
period of time (that is, does not require several months to attain
a single CSS operating point), and

(ii) Adequately resolves spatial profiles to an accuracy that
readily allows a number of comparisons to be made with
experimental data at the interpellet level.

An axial discretization level of 41 nodes was found to be
adequate to resolve spatial profiles across the interpellet do-
main of the sorbent bed (Nz � 41), while the radial domain of
the pellet was discretized into five equal volumes (Nr � 5).
Todd and Webley30 show for Nr � 5, Cm should be set to 0.166,
while CK and Cv are 0.083 and 0.061, respectively. Resolving
the axial domain into 41 volumes produces a node spacing of
approximately 0.025 m. Spatial resolution does not need to be
as fine for a cyclic process in relation to a breakthrough
experiment given initial profiles are “smeared” as a result of the

preceding counter-current depressurization and purge steps.32

The finite volume method was used for spatial discretization of
the axial bed and radial pellet domains. Webley and He32

provide details on the numerical implementation of this scheme
for adsorption simulation.

Implementing numerical control loops

Table 1 introduced four target values that are maintained
during each run on the RPSA pilot plant. These same con-
straints were also imposed numerically in the form of propor-
tional-only control loops.33 The implementation of PID control
loops within our simulator is discussed in Todd et al.31 To
ensure CSS data that are written to file also satisfy control
targets values, the CSS check invoked numerically stipulates
each control loop must be within tolerance, in addition to
profile and mass/energy balance closure checks performed
using parameters from Table 4. In general, an additional 500 to
1000 cycles were simulated once control loops had converged
to achieve final CSS conditions. This means anywhere from
2,000 to 12,000 cycles were simulated in total per RPSA run.

Results: Comparison of RPSA Pilot Plant and
Simulations

A select number of variables are used to distinguish one
experimental pilot plant run from another. The most important
of these, which are required when simulating each run, include:

(i) Product purity, reported in mol%O2. This value was
measured directly as one steady reading from the paramagnetic
oxygen analyzer located on the product line at CSS. As binary
component simulations are performed, product purity is also
reported as mol%O2�Ar. Air contains approximately 1 mol%
argon. Given argon and oxygen adsorb in a similar manner on
LiLSX, argon can be lumped with oxygen to form the one
effective component referred to as oxygen.34 Hence, product
purity measured experimentally must reflect the additional
contribution from argon.

(ii) End of step pressures, reported in kPa. These values
were measured directly from transducers located around the
RPSA pilot plant at CSS.

Once an operating regime has been established and CSS
achieved, a large volume of data can be obtained. In this study,
a select number of these parameters will be of primary interest
when comparing numerical results against experimental data.
In addition to pressure and temperature profiles obtained within
the adsorption column, these additional data include:

(i) Total mole flow obtained in the exhaust lines during
counter-current depressurization and purge, reported in units of
gmole cycle�1.

Exhaust flow, step m �
pA

RTA

� �Gas volume out of exhaust line, step m� (10)

(ii) Total flow in the product line, reported in units of gmole
cycle�1.

Total product flow �
pA

RTA

� �Gas volume out of product line over cycle� (11)

Table 4. Magnitude of the Tolerances Applied to Each CSS
Parameter When Simulating RPSA Pilot Plant Data

Parameter Magnitude Units

Emax for pi
B 5.0 kPa for i � 1 . . . Nc

Emax for ni
P 2.0 � 10�4 gmole kg�1 for i � 1 . . . Nc

Emax for T 1.0 � 10�2 K
Enorm for pi

B 1.0 kPa for i � 1 . . . Nc

Enorm for ni
P 1.0 � 10�4 gmole kg�1 for i � 1 . . . Nc

Enorm for T 5.0 � 10�3 K
E1 and E2 1.0 � 10�2 %
Eheat and Ediff 1.0 � 10�1 %

A complete definition of these parameters can be found in Todd et al.31
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(iii) Recovery of oxygen (plus argon) in the product line,
reported as a percentage. Note the total flow of oxygen fed into

the process is found by adding the total flow of gas obtained in
the product and exhaust lines.

Recovery �
100 � �Total product flow� � �O2 � Ar composition as a %�

22 �
pA

RTA
� �Gas volume out of exhaust and product lines over cycle�

(12)

(iv) The amount of oxygen (plus argon) obtained from the
process per unit mass of sorbent per day, denoted specific

productivity with units of (kg O2�Ar) kg�1 day�1.

Specific productivity �
27.65 � �Total product flow� � �O2 � Ar composition as a %�

mbed�tcycle
(13)

pA and TA represent atmospheric pressure in Pa and tempera-
ture in K, respectively. Gas volume out of the product line over
a cycle was measured using a dry test meter (DTM) and soap
bubble flow meter on the product line, while gas volume out of
exhaust line over cycle was measured using an annubar-DP cell
arrangement. The mass of LiLSX pellets added to the adsorp-
tion column, mbed, was 11.29 � 0.05 kg. This batch of sorbent
was regenerated for 8 h at 733 K in a furnace that was
continuously purged with dry air.

With the experimental arrangement of the RPSA pilot plant
fully represented numerically, a comparison with experimental
data can be made and the merits of the different mass transfer
models and their ability to capture process effects assessed.
Results for the 400:120 kPa pressure range are denoted RPSA
runs 1 through 9, and the conditions are summarized in Table 5.

Experimental data presented in Table 5 (as well as the
corresponding comparisons with simulation in Table 6) repre-
sent average values obtained over 10 cycles of data acquisition
at CSS. The corresponding plus-minus value represents 95%
confidence limits on the reported average. In situations where
the plus-minus value is smaller than experimental error, exper-
imental error is reported as the 95% confidence limit. Table 5
presents two values for purity; the first represents average
purity that was experimentally obtained from the paramagnetic
oxygen analyzer over 10 cycles, and the second (in brackets)
represents product purity when oxygen and argon are lumped
together as the one component. The LDFP model is evaluated
using the Alpay and Scott35 analytical result for the dimension-
less parameter Ki. Table 2 reveals �i is greater than 0.1 across
each cycle time, so Ki � �2 for all runs that use the LDFP
model. Having presented parameters that define the operating
conditions from each of the 9 RPSA runs, the set of results
presented in Table 6 compares experimental results for the
parameters of interest to their corresponding numerical predic-
tions.

Tables 5 and 6 reveal that 9 of a possible 10 combinations
for product purity and cycle time have been covered (see
Tables 1 and 2 for all possible combinations). The high purity
run, 90 mol%O2, at the shortest cycle time, tcycle � 8 s, could

not be achieved on the RPSA pilot plant without fully closing
the product line modulating valve and letting the plant undergo
internal purge. Even at this extreme limit, 24 h of continuous
operation with a small amount of product gas being withdrawn
for purity measurement could barely achieve 87 mol%O2 under
the 400:120 kPa pressure window. Therefore, total cycle time
somewhere between 8 and 14 s represents the limiting value of
tcycle on the RPSA pilot plant that could maintain separation
performance with a finite quantity of product gas being with-
drawn per cycle at high purity. This operating constraint means
one RPSA run for the 400:120 kPa pressure window has not
been considered in this analysis in relation to a product purity
of 90 mol%O2 and cycle time of 8 s.

Error margins for specific productivity reported in Table 6
are based on the ability to measure product flow using the DTM
and soap bubble flow meters under steady conditions and,
hence, these errors are relatively small. On the other hand,
recovery had to be inferred from the accumulated moles of gas
obtained in the product and exhaust lines. At short cycle times,
the annubar-DP cell arrangement used to measure flow on the
exhaust line struggled to capture the flow “spike” that occurs
when the column depressurizes to atmosphere and, conse-
quently, underestimates gas volume. The upper part of the error
band on RPSA runs 7, 8, and 9, therefore, represents exhaust
volume measured experimentally, while the lower part of the
error bar represents exhaust volume obtained using the simu-
lator with the DPM activated. Product volume obtained exper-
imentally is used in both of these calculations according to Eq.
11. The actual data point ascribed to the short cycle time
represents experimentally measured recovery and, hence, sits at
the top of the error bar. This also explains why two values are
presented for recovery instead of a plus-minus error on RPSA
runs 7, 8, and 9 in Table 6.

The assignment of these two values is discussed later with
reference to error bars on the graphical presentation of these
data. To assist in the following discussion, four graphs are
presented that compare specific productivity and recovery as a
function of cycle time from the RPSA pilot plant and simulator,
Figures 2a, 2b, 3a, and 3b. In addition, “ideal” lines have been
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included that apply the scaling rules of Rota and Wankat36 for
a non-isothermal PSA process that is mass transfer limited at
the intrapellet level. Rota and Wankat36 imposed the LDF
model as the governing equation that describes intrapellet mass
transfer and set (Purity)current cycle time � (Purity)cycle time � 50 s

and (Recovery)current cycle time � (Recovery)cycle time � 50 s with
other bed parameters held constant to produce the following
scaling rule:

�Specific productivity�current cycle time

�Specific productivity�cycle time�50 s
� �tcycle

50 �
�1

(14)

Although purity was controlled experimentally and numeri-
cally to one value as a function of cycle time, recovery at tcycle

� 50 s does not necessarily equal the recovery at a shorter
cycle time. For this reason, a deviation in the dependence of
specific productivity with (1/tcycle) will become evident as the
dependence on intrapellet mass transfer and interpellet pressure
drop deviates from the Rota and Wankat36 assumption.

Errors of around 10% between simulated and experimental
data are evident at the long cycle time of RPSA run 1, where
deviations due to the selected mass-transfer model are minimal.
Further examination of this result reveals small deviations in
the predicted equilibrium isotherm results in errors on this
order of magnitude, particularly when extending pure compo-
nent equilibrium adsorption data to multicomponent data using
Ideal Adsorbed Solution Theory.19,37

Comparison of mass transfer models

Accumulated moles of gas obtained in the exhaust line with
the DPM and the LDFP model are within 5% of the same value
measured experimentally at the long and intermediate cycle
times (that is, tcycle 
 14 s). For RPSA runs where tcycle was
14 s or less, deviations of 5-11% arose between predicted and
experimentally observed exhaust gas flows during step 3. Flow
spikes at the start of step 3 are very difficult to capture, and the
experimental value in Table 6 would be expected to underes-
timate the actual moles of gas obtained from the column during
step 3. Exhaust flow calculated during purge, step 4, is within
11% of numerical predictions using the DPM and LDFP model
across all cycle times. During purge the flow of gas leaving the
bed is relatively steady such that flow transients that arose just
a few seconds earlier have subsided enough to allow a reliable
estimate of accumulated moles to be obtained.

Accumulated moles of gas obtained during purge and
counter-current depressurization for long cycle times are sim-
ilar in magnitude to experimental data. However, the moles of
gas obtained in the product line show consistently different
trends between the DPM and LDFP model. For the DPM, total
product flow is consistently overestimated by approximately
20% across all cycle times. The LDFP model overestimates
total product flow by 20% at the long cycle time, but once tcycle

is 14 s or less, underestimates total product flow by as much as
60%. This result shows the two intrapellet mass-transfer mod-
els predict significantly different gas flows out of the top of the
bed at the RPSA limit, with the DPM consistently overestimat-
ing total product flow in comparison to the LDFP model.

Figures 2 and 3 are presented to discuss trends in specific
productivity and recovery obtained numerically and experi-

Table 5. Summary of Experimentally Obtained Step Times,
Product Purity, and End of Step Product Tank Pressures

That Identify the Operating Conditions for Each RPSA Run

Parameter RPSA Run 1 RPSA Run 2

Step 1 time (s) 11.3 � 0.1 11.1 � 0.1
Total cycle time (s)† 50.0 � 0.1 50.0 � 0.1
Product purity (mol%O2)# 90.0 � 0.5 (94.0)‡ 79.1 � 0.5 (82.6)‡

Feed temperature (K)* 287.9 � 0.6 286.5 � 0.9
TA (K) 288.7 � 0.5 287.7 � 0.5
pA (kPa) 101.5 � 0.1 101.8 � 0.1
ptank end step 1 (kPa) 341 � 4 333 � 5
ptank end step 2 (kPa) 398 � 3 397 � 3
ptank end step 3 (kPa) 387 � 3 385 � 3
ptank end step 4 (kPa) 344 � 5 336 � 6

Parameter RPSA Run 3 RPSA Run 4

Step 1 time (s) 7.3 � 0.1 8.0 � 0.1
Total cycle time (s)† 36.0 � 0.1 36.0 � 0.1
Product purity (mol%O2)# 89.2 � 0.5 (93.2)‡ 80.1 � 0.5 (83.7)‡

Feed temperature (K)* 286.4 � 0.6 284.7 � 0.6
TA (K) 287.7 � 0.5 285.7 � 0.5
pA (kPa) 99.9 � 0.1 100.8 � 0.1
ptank end step 1 (kPa) 322 � 3 325 � 3
ptank end step 2 (kPa) 391 � 3 395 � 3
ptank end step 3 (kPa) 381 � 3 384 � 3
ptank end step 4 (kPa) 327 � 3 328 � 3

Parameter RPSA Run 5 RPSA Run 6

Step 1 time (s) 4.2 � 0.1 4.0 � 0.1
Total cycle time (s)† 22.0 � 0.1 22.0 � 0.1
Product purity (mol%O2)# 89.3 � 0.5 (93.3)‡ 80.7 � 0.5 (84.3)‡

Feed temperature (K)* 289.2 � 1.3 287.8 � 0.6
TA (K) 290.2 � 0.5 288.3 � 0.5
pA (kPa) 101.2 � 0.1 101.1 � 0.1
ptank end step 1 (kPa) 328 � 3 320 � 3
ptank end step 2 (kPa) 393 � 3 393 � 3
ptank end step 3 (kPa) 383 � 3 383 � 3
ptank end step 4 (kPa) 334 � 3 328 � 3

Parameter RPSA Run 7 RPSA Run 8

Step 1 time (s) 2.7 � 0.1 2.6 � 0.1
Total cycle time (s)† 14.0 � 0.1 14.0 � 0.1
Product purity (mol%O2)# 89.8 � 0.5 (93.8)‡ 80.4 � 0.5 (84.0)‡

Feed temperature (K)* 288.3 � 0.8 288.4 � 0.6
TA (K) 288.2 � 0.5 289.6 � 0.5
pA (kPa) 101.6 � 0.1 100.3 � 0.1
ptank end step 1 (kPa) 318 � 3 309 � 3
ptank end step 2 (kPa) 391 � 3 389 � 3
ptank end step 3 (kPa) 386 � 3 382 � 3
ptank end step 4 (kPa) 327 � 3 320 � 3

Parameter RPSA Run 9

Step 1 time (s) 1.5 � 0.1
Total cycle time (s)† 8.0 � 0.1
Product purity (mol%O2)# 80.0 � 0.5 (83.6)‡

Feed temperature (K)* 290.8 � 0.5
TA (K) 290.8 � 0.5
pA (kPa) 100.8 � 0.1
ptank end step 1 (kPa) 297 � 3
ptank end step 2 (kPa) 376 � 3
ptank end step 3 (kPa) 376 � 3
ptank end step 4 (kPa) 314 � 3

†Step 2 time � Cycle time � Step 1 time � Step 3 time � Step 4 time (see
Table 2 for Step 3 time and Step 4 time).

‡The number in brackets represents the adjusted purity mol%O2 � Ar used for
simulation.

#Denotes a parameter that is controlled according to Table 1.
*Feed temperature represents the average temperature of gas passed into the bed
over the cycle at CSS. The plus-minus value represents 95% confidence limits
on feed temperature.
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Table 6. Comparing Experimental and Numerical Parameters from Each RPSA Run

RPSA Run 1 (tcycle � 50 s at 90.0 mol%O2) Parameter RPSA Pilot Plant

Simulated

LDFP DPM

pbottom end step 1 (kPa) 343 � 4 342 343
ptop end step 1 (kPa) 342 � 4 341 342
pbottom end step 2 (kPa)# 400 � 3 400 401
ptop end step 2 (kPa) 399 � 3 399 400
pbottom end step 3 (kPa)# 121 � 3 122 121
ptop end step 3 (kPa) 122 � 3 122 122
pbottom end step 4 (kPa)# 140 � 4 140 139
ptop end step 4 (kPa) 142 � 4 142 142
Exhaust flow step 3 (gmole cycle�1) 7.09 � 0.06 7.35 7.39
Exhaust flow step 4 (gmole cycle�1) 1.16 � 0.06 1.19 1.14
Total product flow (gmole cycle�1) 0.410 � 0.020 0.492 0.507
Recovery (%O2 � Ar) 20.0 � 0.8 23.2 24.2
Specific productivity ((kg O2 � Ar) kg�1 day�1) 1.89 � 0.06 2.26 2.33

Simulated

RPSA Run 2 (tcycle � 50 s at 79.1 mol%O2) Parameter RPSA Pilot Plant LDFP DPM

pbottom end step 1 (kPa) 335 � 5 335 333
ptop end step 1 (kPa) 333 � 5 334 332
pbottom end step 2 (kPa)# 400 � 3 400 400
ptop end step 2 (kPa) 399 � 3 399 399
pbottom end step 3 (kPa)# 121 � 3 121 121
ptop end step 3 (kPa) 122 � 3 122 122
pbottom end step 4 (kPa)# 140 � 5 140 140
ptop end step 4 (kPa) 143 � 5 143 143
Exhaust flow step 3 (gmole cycle�1) 7.10 � 0.06 7.23 7.27
Exhaust flow step 4 (gmole cycle�1) 1.16 � 0.06 1.17 1.15
Total product flow (gmole cycle�1) 0.490 � 0.020 0.611 0.627
Recovery (%O2 � Ar) 20.8 � 0.8 25.5 26.0
Specific productivity ((kg O2 � Ar) kg�1 day�1) 1.98 � 0.06 2.47 2.54

Simulated

RPSA Run 3 (tcycle � 36 s at 89.2 mol%O2) Parameter RPSA Pilot Plant LDFP DPM

pbottom end step 1 (kPa) 325 � 3 323 325
ptop end step 1 (kPa) 322 � 3 321 323
pbottom end step 2 (kPa)# 400 � 3 401 400
ptop end step 2 (kPa) 398 � 3 400 399
pbottom end step 3 (kPa)# 118 � 3 119 117
ptop end step 3 (kPa) 119 � 3 121 119
pbottom end step 4 (kPa)# 141 � 3 140 140
ptop end step 4 (kPa) 145 � 3 145 145
Exhaust flow step 3 (gmole cycle�1) 7.23 � 0.06 7.44 7.52
Exhaust flow step 4 (gmole cycle�1) 1.39 � 0.06 1.53 1.50
Total product flow (gmole cycle�1) 0.474 � 0.020 0.547 0.636
Recovery (%O2 � Ar) 21.8 � 0.9 24.3 27.8
Specific productivity ((kg O2 � Ar) kg�1 day�1) 3.00 � 0.07 3.46 4.03

Simulated

RPSA Run 4 (tcycle � 36 s at 80.1 mol%O2) Parameter RPSA Pilot Plant LDFP DPM

pbottom end step 1 (kPa) 328 � 3 327 326
ptop end step 1 (kPa) 326 � 3 325 324
pbottom end step 2 (kPa)# 400 � 3 401 401
ptop end step 2 (kPa) 398 � 3 400 400
pbottom end step 3 (kPa)# 122 � 3 122 121
ptop end step 3 (kPa) 123 � 3 124 123
pbottom end step 4 (kPa)# 140 � 3 141 140
ptop end step 4 (kPa) 144 � 3 145 144
Exhaust flow step 3 (gmole cycle�1) 7.01 � 0.06 7.19 7.27
Exhaust flow step 4 (gmole cycle�1) 1.38 � 0.06 1.46 1.42
Total product flow (gmole cycle�1) 0.516 � 0.020 0.596 0.639
Recovery (%O2 � Ar) 21.8 � 0.8 24.6 26.0
Specific productivity ((kg O2 � Ar) kg�1 day�1) 2.94 � 0.06 3.41 3.64
pbottom end step 1 (kPa) 332 � 3 332 331
ptop end step 1 (kPa) 328 � 3 328 327
pbottom end step 2 (kPa)# 400 � 3 401 400
ptop end step 2 (kPa) 398 � 3 399 398
pbottom end step 3 (kPa)# 121 � 3 121 122
ptop end step 3 (kPa) 124 � 3 124 124
pbottom end step 4 (kPa)# 141 � 3 141 141

3134 DOI 10.1002/aic Published on behalf of the AIChE September 2006 Vol. 52, No. 9 AIChE Journal



Table 6. Continued

Simulated

RPSA Run 5 (tcycle � 22 s at 89.3 mol%O2) Parameter RPSA Pilot Plant LDFP DPM
ptop end step 4 (kPa) 150 � 3 149 149
Exhaust flow step 3 (gmole cycle�1) 6.97 � 0.06 7.15 7.30
Exhaust flow step 4 (gmole cycle�1) 1.30 � 0.06 1.43 1.40
Total product flow (gmole cycle�1) 0.415 � 0.020 0.387 0.515
Recovery (%O2 � Ar) 20.0 � 0.9 18.3 23.6
Specific productivity ((kg O2 � Ar) kg�1 day�1) 4.32 � 0.11 4.02 5.35

Simulated

RPSA Run 6 (tcycle � 22 s at 80.7 mol%O2) Parameter RPSA Pilot Plant LDFP DPM

pbottom end step 1 (kPa) 326 � 3 324 325
ptop end step 1 (kPa) 321 � 3 320 320
pbottom end step 2 (kPa)# 401 � 3 402 402
ptop end step 2 (kPa) 399 � 3 400 400
pbottom end step 3 (kPa)# 121 � 3 121 121
ptop end step 3 (kPa) 123 � 3 123 123
pbottom end step 4 (kPa)# 141 � 3 141 141
ptop end step 4 (kPa) 150 � 3 149 149
Exhaust flow step 3 (gmole cycle�1) 6.95 � 0.06 7.18 7.29
Exhaust flow step 4 (gmole cycle�1) 1.28 � 0.06 1.44 1.39
Total product flow (gmole cycle�1) 0.500 � 0.020 0.535 0.627
Recovery (%O2 � Ar) 21.7 � 0.8 22.4 25.8
Specific productivity ((kg O2 � Ar) kg�1 day�1) 4.70 � 0.12 5.02 5.89

Simulated

RPSA Run 7 (tcycle � 14 s at 89.8 mol%O2) Parameter RPSA Pilot Plant LDFP DPM

pbottom end step 1 (kPa) 327 � 3 323 324
ptop end step 1 (kPa) 318 � 3 317 317
pbottom end step 2 (kPa)# 402 � 3 402 402
ptop end step 2 (kPa) 397 � 3 398 398
pbottom end step 3 (kPa)# 121 � 3 121 122
ptop end step 3 (kPa) 127 � 3 125 127
pbottom end step 4 (kPa)# 142 � 3 142 142
ptop end step 4 (kPa) 164 � 3 158 158
Exhaust flow step 3 (gmole cycle�1) 6.41 � 0.18 6.60 7.06
Exhaust flow step 4 (gmole cycle�1) 1.38 � 0.06 1.45 1.46
Total product flow (gmole cycle�1) 0.327 � 0.020 0.199 0.397
Recovery (%O2 � Ar) 15.6 to 17.0 10.3 18.9
Specific productivity ((kg O2 � Ar) kg�1 day�1) 5.37 � 0.17 3.26 6.51

Simulated

RPSA Run 8 (tcycle � 14 s at 80.4 mol%O2) Parameter RPSA Pilot Plant LDFP DPM

pbottom end step 1 (kPa) 319 � 3 317 317
ptop end step 1 (kPa) 310 � 3 310 308
pbottom end step 2 (kPa)# 401 � 3 401 401
ptop end step 2 (kPa) 395 � 3 397 396
pbottom end step 3 (kPa)# 120 � 3 120 121
ptop end step 3 (kPa) 126 � 3 125 126
pbottom end step 4 (kPa)# 140 � 3 140 141
ptop end step 4 (kPa) 162 � 3 157 158
Exhaust flow step 3 (gmole cycle�1) 6.38 � 0.10 6.87 7.14
Exhaust flow step 4 (gmole cycle�1) 1.36 � 0.06 1.51 1.48
Total product flow (gmole cycle�1) 0.462 � 0.020 0.379 0.565
Recovery (%O2 � Ar) 19.2 to 21.3 16.5 23.4
Specific productivity ((kg O2 � Ar) kg�1 day�1) 6.79 � 0.16 5.57 8.29
pbottom end step 1 (kPa) 318 � 3 309 313
ptop end step 1 (kPa) 298 � 3 297 297
pbottom end step 2 (kPa)# 398 � 3 398 397
ptop end step 2 (kPa) 380 � 3 389 387
pbottom end step 3 (kPa)# 120 � 3 121 121
ptop end step 3 (kPa) 135 � 3 130 131
pbottom end step 4 (kPa)# 139 � 3 139 139
ptop end step 4 (kPa) 200 � 3 176 176
Exhaust flow step 3 (gmole cycle�1) 4.97 � 0.20 5.85 6.47
Exhaust flow step 4 (gmole cycle�1) 1.27 � 0.06 1.09 1.09
Total product flow (gmole cycle�1) 0.263 � 0.020 0.114 0.338
Recovery (%O2 � Ar) 12.6 to 15.2 6.09 16.2
Specific productivity ((kg O2 � Ar) kg�1 day�1) 6.77 � 0.25 2.91 8.67

#Denotes a parameter that is controlled according to Table 1.
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mentally from RPSA runs 1 through 9. The first set of results
at 90 mol%O2, Figure 2, shows specific productivity and re-
covery actually increase above the ideal line both experimen-
tally and numerically when cycle time decreased from 50 to
36 s. A significant change in the role of intrapellet mass
transfer and interpellet pressure drop from 50 to 36 s would not
be expected, as �i was greater than 1 for nitrogen and oxygen
from Table 2 and end of step pressures are similar across RPSA
runs 1 and 3. While the assumption of working selectivity
being independent of any changes to mass transfer and pressure
drop appears suitable at these cycle times, the effect of main-
taining 140 kPa for end of step purge pressure may have had a
very different impact. This suggests the bed may have been

over-purged at 50 s with end of step purge pressure set to 140
kPa, whereas 140 kPa was closer to the optimum end of step
purge pressure at tcycle � 36 s. At the shortest cycle time, the
LDFP model is less than one half of the ideal specific produc-
tivity, whereas the DPM and RPSA pilot plant have both
decreased by approximately 20% from the ideal line. Given the
DPM is in good qualitative agreement with respect to devia-
tions observed from the ideal line with respect to the RPSA
pilot plant highlights the fact that the LDFP model has over-
emphasized the impact of intrapellet mass transfer resistance at
cycle times approaching the RPSA limit.

Trends observed at the lower product purity of 80 mol%O2,
Figure 3, show a different trend to those found at 90 mol%O2.

Figure 2. Comparing process performance results between the RPSA pilot-plant data and numerical simulator at a
target purity of 90 mol%O2 for (a) specific productivity and (b) recovery.

Figure 3. Comparing process performance results between the RPSA pilot-plant data and numerical simulator at a
target purity of 80 mol%O2 for (a) specific productivity and (b) recovery.
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First, a large improvement in specific productivity and recov-
ery above the ideal line is not observed when tcycle decreased
from 50 to 22 s with the DPM and RPSA pilot plant. This
suggests the relative importance of intrapellet mass transfer,
interpellet pressure drop, and end of step purge pressure is not
significantly altering working selectivity across these cycle
times. The fact that the LDFP model predicts a reduction in
specific productivity and recovery from the ideal line at tcycle �
22 s with respect to the RPSA pilot plant and DPM again
indicates the LDFP model is overemphasizing the impact of
intrapellet mass transfer resistance. Once the shortest cycle
time is reached at 80 mol%O2, the LDFP model is not even in
qualitative agreement with the RPSA pilot plant or DPM. The
LDFP model at tcycle � 8 s suggests specific productivity is
decreasing rapidly, whereas the RPSA pilot plant and DPM
indicate specific productivity has reached something close to a
local maximum as a function of cycle time.

From this initial discussion, it is evident intrapellet mass
transfer resistance is overemphasized within the LDFP model
in relation to the DPM and RPSA pilot plant for tcycle 
 30 s.
At cycle times approximately greater than 22 s, it also appears
that interpellet pressure drop is of minor importance given the
general agreement between end of step pressure profiles. At
shorter cycle times, however, end of step pressure changes and
the role of interpellet pressure drop may become important. To
address this issue of intrapellet mass transfer versus interpellet
pressure drop resistance at the RPSA limit, three additional

simulations have been performed at the shortest cycle times
experimentally achieved for both the 80 and 90 mol%O2 pu-
rities and 400:120 kPa pressure window.

(i) The first of these additional simulations applied Instan-
taneous Local Equilibrium (ILE) by assigning the LDF con-
stant Ki a value of 1.0 � 1010. This same simulation did not
change any other parameter, so this simulation reflects the
RPSA limit in the presence of interpellet pressure drop but no
mass transfer resistance.

(ii) The second simulation was performed under conditions
where the constants of the pressure drop equation 	viscous and
	kinetic are two orders of magnitude smaller than their corre-
sponding values obtained experimentally.18 With all other pa-
rameters remaining the same, this simulation reflects the RPSA
limit in the presence of mass transfer resistance but no inter-
pellet pressure drop.

(iii) The third run combines cases (i) and (ii) above to
simulate conditions in the absence of pressure drop and mass
transfer resistance.

Numerical results obtained from the additional simulations
performed on RPSA runs 7 and 9 are summarized in Table 7.
ILE results with �pB finite at both purities show separation
performance is significantly higher than the equivalent DPM
and LDFP model results. Therefore, intrapellet mass transfer
resistance is present at the intrapellet level, and the relative
importance of this resistance is overemphasized within the
LDFP model. Lu et al.38 found separation performance pre-

Table 7. Simulated Data at CSS for RPSA Run 7 (shortest tcycle at 90 mol%O2 � Ar) and RPSA Run 9 (shortest tcycle at 80
mol%O2 � Ar) Under Various Assumptions for Intrapellet Mass Transfer and Interpellet Pressure Drop

RPSA Run 7 (tcycle � 14 s at 89.8 mol%O2)
Parameter

�pB Finite Using . . . �pB � 0 Using . . .

ILE LDFP† DPM‡ ILE LDFP DPM

pbottom end step 1 (kPa) 326 323 324 317 317 317
ptop end step 1 (kPa) 318 317 317 317 317 317
pbottom end step 2 (kPa) 403 402 402 403 403 403
ptop end step 2 (kPa) 399 398 398 403 403 403
pbottom end step 3 (kPa) 121 121 122 122 122 122
ptop end step 3 (kPa) 126 125 127 122 122 122
pbottom end step 4 (kPa) 143 142 142 143 142 142
ptop end step 4 (kPa) 162 158 158 143 142 142
Exhaust flow step 3 (gmole cycle�1) 7.22 6.60 7.06 7.39 6.92 7.42
Exhaust flow step 4 (gmole cycle�1) 1.47 1.45 1.46 1.53 1.53 1.55
Total product flow (gmole cycle�1) 0.631 0.199 0.397 0.599 0.185 0.398
Recovery (%O2 � Ar) 28.8 10.3 18.9 26.8 9.10 18.1
Specific productivity ((kg O2 � Ar) kg�1 day�1) 10.4 3.26 6.51 9.82 3.03 6.53

�pB Finite Using . . . �pB � 0 Using . . .

RPSA Run 9 (tcycle � 8 s at 80.0 mol%O2)
Parameter ILE LDFP† DPM‡ ILE LDFP DPM

pbottom end step 1 (kPa) 316 309 313 296 296 298
ptop end step 1 (kPa) 298 297 297 296 296 298
pbottom end step 2 (kPa) 397 398 397 398 398 398
ptop end step 2 (kPa) 385 389 387 398 398 398
pbottom end step 3 (kPa) 121 121 121 121 121 121
ptop end step 3 (kPa) 133 130 131 121 121 121
pbottom end step 4 (kPa) 139 139 139 140 139 139
ptop end step 4 (kPa) 183 176 176 140 139 139
Exhaust flow step 3 (gmole cycle�1) 6.70 5.85 6.47 7.27 6.45 7.20
Exhaust flow step 4 (gmole cycle�1) 1.08 1.09 1.09 1.22 1.21 1.23
Total product flow (gmole cycle�1) 0.629 0.114 0.338 0.609 0.069 0.334
Recovery (%O2 � Ar) 28.3 6.09 16.2 25.4 3.38 14.5
Specific productivity ((kg O2 � Ar) kg�1 day�1) 16.1 2.91 8.67 15.6 1.76 8.56

†These results have been taken directly from the “LDFP” entries of Table 6.
‡These results have been taken directly from the “DPM” entries of Table 6.
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dicted from a DPM that incorporates intrapellet viscous flow
will fall somewhere between a DPM that incorporates diffusion
only and the ILE assumption. Although intrapellet mass trans-
fer is important at the RPSA limit when �pB is finite, a rather
curious observation from Table 7 is made when �pB � 0. Both
RPSA runs 7 and 9 show separation performance actually
decreased when the ILE assumption, DPM and LDFP model
was used using �pB � 0. To assist in the following discussion,
end of step composition profiles obtained from all modeling
options for RPSA run 9 are presented in Figure 4. The trends
between RPSA runs 7 and 9 are similar and, hence, RPSA run
7 is omitted for brevity.

During feed pressurization, Figure 4a, the penetration dis-
tance of nitrogen increases when �pB � 0 with respect to the
same simulation using �pB finite. Feed pressurization (step 1)
terminates and the product line opens (step 2) when the pres-
sure in the top void matches product tank pressure. For the
simulation where �pB � 0, the entire bed is effectively at tank

pressure, whereas bed pressure is higher, on average, with �pB

finite as bottom void pressure is greater than top void pressure
(see pbottom and ptop entries in Table 7 for step 1). The capacity
for nitrogen adsorption across the bed is slightly higher with
�pB finite and, hence, a larger portion of feed gas is adsorbed,
allowing the nitrogen front to be held further back in the bed.
By the end of step 2, the axial pressure gradient is relatively
flat, and the final shape of the composition profile is similar
between �pB finite and �pB � 0 to maintain product purity.
The reason for specific productivity and recovery being slightly
lower with �pB � 0 can be largely attributed to this difference
in working capacity for nitrogen adsorption between steps 1
and 2 than any intrinsic influence from the presence of intrapel-
let mass transfer alone.

Nitrogen composition is similar at the end of step 2 whether
�pB is finite or �pB � 0 (Figure 4b) given the role of intrapellet
mass transfer does not significantly change between these runs.
A similar observation is also made for nitrogen composition by

Figure 4. Composition profiles obtained from RPSA run 9 (80.0 mol%O2) using six different modeling options at the
end of step (a) 1, (b) 2, (c) 3, and (d) 4.
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the end of counter-current depressurization, step 3. The only
noticeable difference between a simulation where �pB is finite
and �pB � 0 for step 3 is the moles of gas exhausted from the
bed (Table 7). A simulation where �pB is finite produces a
pressure gradient from top to bottom that is approximately 6
kPa (RPSA run 7) and 10 kPa (RPSA run 9) in magnitude,
which is not significant enough to influence interpellet nitrogen
mole fraction in comparison to �pB � 0 according to Figure 4c.
However, a simulation where �pB is finite means the bed, on
average, is slightly higher in pressure, so the equivalent simu-
lation where �pB � 0 must exhaust a larger volume of gas to
achieve end of step pressure. A similar argument reveals purge,
step 4, is performed at a higher pressure on average when �pB

is finite. With purge now performed at a slightly higher pres-
sure when �pB is finite, the gas phase is not enriched with
desorbed nitrogen to the same extent as when �pB � 0.

Overall, the difference in specific productivity and recovery
for the three mass-transfer options between �pB finite and �pB

� 0 is not as large as the difference observed between the ILE
assumption, DPM and LDFP model when �pB is finite. Small
differences between the ILE assumption, DPM and LDFP
model for �pB finite versus �pB � 0 could also be rationalized
on the basis that nitrogen working capacity between steps 1 and
2 was slightly different and mass transfer had a minor impact

on changes in process performance (that is, compare the rela-
tive differences in performance between the ILE assumption
for �pB finite and �pB � 0, where no transfer arises, and then
for the DPM and LDFP model where mass transfer is impor-
tant; there is not a big difference in the relative change in
performance).

On this basis interpellet pressure drop mainly alters the
available working capacity for nitrogen adsorption. One last
comparison shall be made using data obtained from the results
of Table 7 with respect to RPSA pilot plant data. Applying
different assumptions on intrapellet mass transfer using �pB

finite, in each case, gave rise to an axial pressure gradient
across the sorbent bed that was generally in good agreement
with RPSA pilot-plant data (Figure 5). The pressure gradient is
highest when the bed behaves under ILE conditions, with the
pressure gradient subsiding in magnitude progressively as each
intrapellet mass transfer model in introduced into the system.
Under ILE conditions, the rate of nitrogen adsorption/desorp-
tion is highest as the gas can be taken up/released from the
pellets instantaneously; therefore, gas flows must be high to
achieve the required end of step pressure. With the LDFP
model, intrapellet mass transfer is limiting and the bed is
partially inert with respect to an ILE run; hence, gas flows do
not need to be as high to reach end of step pressure and,
consequently, bed pressure drop is lower. Despite small differ-
ences in simulated pressure drop, the general trend from RPSA
run 9 (Figure 5) is that pressure profiles compare well against
experimental data with the exception of the purge step, where
the simulator generally underestimates the pressure gradient
from top to bottom. Identical trends are observed for RPSA run
7 and are omitted here for brevity.

For each simulation performed in this study, the same values
of CK and Cm used with the VF�DGM, 0.166 and 0.083,
respectively, were used in Dm,ij

e and DK,i
e for the LDFP model

(Table 8 compares the magnitude of each transport coefficient
contained within the LDFP and VF�DGM). Although it could
be argued that independent values of CK and Cm should be
found for the LDFP model, this statement is not correct given
that Fick’s first law of diffusion, which underlies the LDFP
model, assumes the intrapellet pore network is identical to that
imposed on the VF�DGM. In fact, the only difference between
the VF�DGM and Fick’s first law constitutive equations is the
assumption of equimolar counterdiffusion. Volume averaging
the pellet using one radial node over the sorbent pellet was
required to generate the LDFP model. It should be recalled that
both Fick’s first law and volume averaging with Nr � 1 (in
addition to defining an intrapellet profile that leads to the
introduction of a time dependent LDF constant Ki) do not alter
the general nature of the intrapellet pore network, and tortuos-
ity coefficients should be general to each transport mechanism
within the pellets. Viscous flow has a minimal impact on

Figure 5. Magnitude of the pressure gradient across the
sorbent bed obtained experimentally and nu-
merically under various modeling assumptions
for RPSA run 9.
The inlay graph provides a visual guide only to the magnitude
of the numerical pressure gradient that arose for simulations
where �pB � 0. DPM lines for �pB � 0 are not shown for
brevity but lie between the ILE and LDFP lines on the inlay
graph.

Table 8. Effective Diffusion Coefficients for Nitrogen and Oxygen in Zeochem LiLSX Over the Range of Operating
Conditions Investigated in the RPSA Pilot Plant

Temperature
(K)

Pressure
(kPA)

Dm
e for N2–O2

(m2 s�1)
DK

e for N2

(m2 s�1)
DK

e for O2

(m2 s�1)
BepP/�P

(m2 s�1)

290 100 3.27 � 10�6 3.22 � 10�6 3.02 � 10�6 6.43 � 10�7

290 400 8.19 � 10�7 3.22 � 10�6 3.02 � 10�6 2.58 � 10�6

320 100 3.90 � 10�6 3.39 � 10�6 3.17 � 10�6 6.43 � 10�7

320 400 9.74 � 10�7 3.39 � 10�6 3.17 � 10�6 2.58 � 10�6
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intrapellet mass transfer, so the mechanisms of Knudsen and
molecular diffusion are dominant; the LDFP model suitably
accounts for both of these diffusion mechanisms within a pore
network that is assumed equivalent to that imposed on the
VF�DGM. The discussion of Todd and Webley30 found tor-
tuosity coefficients for LiLSX pellets agree well against exist-
ing literature estimates, so the magnitude of CK and Cm should
not be all that different from the values found using the
VF�DGM. Todd and Webley15 revealed the assignment of the
LDF constant Ki and equimolar counterdiffusion were limiting
assumptions at the pellet level as cycle time approaches the
RPSA limit; data obtained in this study further reinforce this
statement.

The use of a conventional LDF model to simulate an RPSA
cycle, from the preceding discussion, indicates a new limiting
value for �i that is greater than 0.1 should be adopted; a value

closer to 1.0 is recommended from this analysis. While the
LDFP model failed to predict general trends at cycle times
approaching the RPSA limit, transport coefficients obtained
from an independent set of KTU and LUB experiments with
the VF�DGM approach have captured general trends in RPSA
pilot plant data at cycle times approaching the RPSA limit.

Comparison of pressure profiles at CSS

Having addressed process performance as a function of cycle
time, we now compare experimental and numerical pressure
profiles using both the VF�DGM and LDFP mass transfer
models. Two of the nine RPSA runs have been graphically
presented in this study (Figures 6a, b, c, and d) as a represen-
tative sample of the entire data set. The longest and shortest
cycle times are shown. These trends all relate to 80 mol%O2

Figure 6. Comparing experimental vs. simulated pressure profiles with time at CSS using both intrapellet mass-
transfer models of the simulator.
“ptank pilot plant” represents experimental data and “ptank fitted” linear interpolation of experimental data.
(a) RPSA run 2 with LDFP, (b) RPSA run 2 with DPM, (c) RPSA run 9 with LDFP, and (d) RPSA run 9 with DPM.
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runs. Qualitatively identical profiles are observed for the 90
mol%O2 RPSA runs and are not shown for brevity.

At cycle times reminiscent of a PSA cycle, tcycle � 50 s,
good agreement is seen between experimental and numerical
pressure profiles. These results justify the use of void volumes
and the compressible valve equation to independently repro-
duce pressure profiles expected from a typical PSA cycle.
Numerical versus experimental predictions show the DPM and
LDFP model both reproduce experimental pressure profiles
well from the long to short cycle times. On this basis, compar-
ing pressure profiles alone does not reveal any significant
deviations between the DPM and LDFP model, in contrast to
the trend observed in Figures 2 and 3 in relation to process
performance. However, two regions where the DPM and LDFP
models do show some discrepancy occur at the start of feed
pressurization and counter-current depressurization, steps 1
and 3, respectively, for the short cycle time (Figures 6c and

6d). These observations can be attributed to the rate at which
pellets take up/release sorbate molecules from/to the interpellet
region using a VF�DGM versus LDFP approach. At short
contact times, bulk gas motion and viscous flow (VF�DGM)
are crucial components of intrapellet mass transfer with respect
to gas entering and leaving a sorbent pellet. The LDFP model,
on the other hand, imposes equimolar counterdiffusion on gas
transport. During feed pressurization, gas can enter the pellets
and be adsorbed much faster using the VF�DGM approach;
hence, the interpellet region takes longer to pressurize. During
counter-current depressurization, the opposing argument holds,
and desorbed gas leaves the pellets much faster (VF�DGM) to
replenish the interpellet region. The importance of desorbed
gas replenishing the interpellet region was evident between the
adsorbing and non-adsorbing conditions for rapid depressur-
ization experiments performed by Todd and Webley.18 The
LDFP model “depletes” and “replenishes” interpellet gas

Figure 7. Comparing experimental vs. simulated temperature profiles with time at CSS using both intrapellet mass-
transfer models of the simulator.
(a) RPSA run 2 with LDFP, (b) RPSA run 2 with DPM, (c) RPSA run 9 with LDFP, and (d) RPSA run 9 with DPM.
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Figure 8. Comparing experimental vs. simulated end of step temperature profiles at CSS using both intrapellet
mass-transfer models of the simulator.
(a) RPSA run 2 with LDFP, (b) RPSA run 2 with DPM, (c) RPSA run 9 with LDFP, and (d) RPSA run 9 with DPM.
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slower than the VF�DGM. Hence, the sorbent bed is almost
semi-inert during the early stages of steps 1 and 3, giving rise
to a sharp increase and decrease in pressure, respectively.
Difficulties in data acquisition at these short time intervals
prevent this statement from being experimentally validated.

Figure 6 reveals the largest discrepancy between experimen-
tal and numerical pressure resides in the top void region during
purge, step 4, at short cycle times. Numerical predictions for
ptop at the end of step 4 with tcycle � 14 s are approximately 5
kPa lower than those from the RPSA pilot plant. At tcycle � 8 s,
this discrepancy has increased to 20 kPa. Given purge is
performed in 1 s when tcycle � 8 s, errors in flow geometry
simulated between the product tank and sorbent bed interface at
z � Lbed will be most pronounced. Numerically, the top void is
a CSTR that can accumulate a small volume of gas between
z � Lbed and the product tank. This same region, however, does
not provide any pressure drop. On the RPSA pilot plant, the top
void comprises several pipe sections with 90° bends, in addi-
tion to a filter element that removes entrained adsorbent dust.
To purge the bed with pressure increasing from 120 to 140 kPa
in 1 s suggests momentum transfer in the top pipe manifold was
important in comparison to longer cycle times. Despite this,
good qualitative agreement is observed, and the inclusion of a
pipe K factor into the upper void CSTR model may assist in
closing this mismatch.

Comparison of temperature profiles at CSS

Eight pre-calibrated junction exposed T-type thermocouples
were placed in the center of the sorbent bed at different axial
locations to measure temperature. The corresponding temper-
ature vs. time graphs for RPSA runs 2 and 9 are shown in
Figure 7. Figure 7 shows the simulator predicts a greater
temperature change than those experimentally observed. Sim-
ilar observations were made by Teague and Edgar10 when
comparing their temperature profiles to experimental data.
Teague and Edgar10 proposed this difference was attributed to
an “unmodeled temperature gradient within the zeolite pellets.”

Todd19 indicates temperature gradients within the pellets would
be minimal, even under RPSA conditions, so the explanation
appears more likely to be a manifestation of heat transfer
resistance between the packed bed and exposed tip of the
junction exposed thermocouple. During feed pressurization,
numerical temperatures rapidly increase as pressure increases
and nitrogen adsorbs. Once the product line opens and gas is
withdrawn from the bed, the rate of change of pressure de-
creases, and so does the rate of change of temperature. For the
longest cycle time, tcycle � 50 s, this trend over the first two
steps of the cycle is loosely observed on the RPSA pilot plant.
As cycle time reduces, the experimental transients do not show
this distinct change in gradient commonly observed numeri-
cally between steps 1 and 2, obviously being a strong function
of gas-to-thermocouple heat transfer resistance just mentioned.

For the shortest cycle time, temperature swing predicted
numerically at any one point in the bed was smaller than that
observed for the longest cycle time. The predicted swing in
temperature from both the DPM and LDFP model during
RPSA run 2 is approximately 11-12 K (Figures 7a and 7b),
while they are approximately 8-9 K during RPSA run 9 (Fig-
ures 7c and 7d). Temperature swing observed experimentally
for RPSA run 2 is approximately 8-9 K, while the same value
was 11-12 K with the DPM and LDFP model.

What does change between the long and short cycle times,
however, is the axial temperature gradient across the sorbent
bed. Figure 8 compares end of step temperature profiles ob-
tained from the RPSA pilot plant with numerical data. Each
graph in Figure 8 is the end of step counterpart to pressure
profiles in Figure 6 and temperature profiles in Figure 7.
Simulation data at long cycle times show temperature increases
rather sharply across the upper regions of the bed. To help
explain these results, numerical composition profiles obtained
from the DPM and LDFP model from RPSA runs 2 and 9 are
useful to consider (see Figure 9). The mole fraction of nitrogen
at the end of step 1 from RPSA run 2 (Figure 9a) indicates the
bed is similar in composition to air for z 
 �0.7 m. During

Figure 9. Simulated end of step composition profiles for nitrogen obtained with the DPM and LDFP model from (a)
RPSA run 2 and (b) RPSA run 9.
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step 2 the MTZ moves from z � 0.7 to z � 1.0 m, and 100%
breakthrough is imminent. A significant amount of nitrogen
adsorbs between 0.7 
 z 
 1.0 that liberates a large amount of
heat in comparison to the rest of the sorbent bed below z �
0.7 m. This increased amount of nitrogen adsorption explains
the sharp increase in numerical bed temperature for axial
regions above z � 0.7 m. Although axial temperature gradient
increases sharply above z � 0.7 m, the actual swing in tem-
perature itself is similar as the entire bed moves from high to
low pressure with time (that is, pressure drop is relatively low
so working capacity is similar from z � 0 to z � Lbed).

In general, predicted temperature profiles obtained with both
the DPM and LDFP model for the long cycle time (Figures 8a
and 8b) are in qualitative agreement with experimental trends.
Figures 8a and 8b show RPSA pilot-plant temperature is be-
ginning to increase at an axial coordinate similar to that pre-
dicted from both the DPM and LDFP model. The other trend
evident from Figure 8 is the increase in sorbent bed tempera-
ture with axial position as cycle time decreases. At shorter
cycle times, interpellet velocity increases to maintain the same
pressure window and, consequently, the MTZ broadens. This
requires the MTZ to be held further back in the bed to maintain
product purity over step 2. To contain the MTZ within the bed,
the amount of gas withdrawn from the top of the bed has to
decrease, and product recovery drops accordingly. For a system
where heat loss to the environment is a small component of the
total energy passing through the bed, enthalpy entering the bed
at z � 0 simply accumulates as less enthalpy is taken out as
product. This explains the gradual sharpening of axial temper-
ature profiles across Figure 8 with a reduction in cycle time.
The fact that the LDFP model draws less gas out of the bed in
relation to the DPM to maintain purity for RPSA runs 9 and 18
means the temperature increases by almost 100 K from feed
gas temperature. The DPM allows more gas to exit the bed
using a VF�DGM approach and, hence, the temperature is
significantly lower, increasing by approximately 60 K from
feed conditions The DPM is also in good agreement with
experimental temperature profiles at the short cycle time.

Concluding Remarks

Simulation results from both the DPM and LDFP model
were similar at long cycle times, indicating the form of the
intrapellet mass transfer model under typical PSA conditions is
not an important aspect of process simulation to maintain. This
was expected. However, numerical results at long cycle times
overestimated experimental data, and this was attributed to
failure in IAST to correctly predict multicomponent data. As
cycle time decreased, the LDFP model failed to match exper-
imental trends in separation performance, predicting recovery
and specific productivity will drop due to intrapellet mass
transfer resistance at a cycle time higher than the DPM and
RPSA pilot plant predicted.

Performing additional simulations at the shortest cycle times
experimentally achieved using various assumptions on process
operation found the ILE assumption predicted significantly
higher production rates and oxygen recovery in comparison to
the DPM and LDFP model; hence, intrapellet mass transfer is
present at the RPSA limit. This result also indicates the LDFP
model provides a conservative estimate of performance, over-
emphasizing intrapellet mass transfer when approaching the

RPSA limit. A second set of simulations reduced interpellet
pressure drop to an almost insignificant level for the ILE, DPM
and LDFP model. Results from these simulations revealed
process operation changed only slightly from the case where
pressure drop was finite, and this small change was attributed
to the different working capacity of the sorbent bed; intrapellet
mass transfer had a minimal impact on process operation
between pressure drop finite and the same run where pressure
drop is negligible at the RPSA limit.

Using the LDFP model with existing correlations for time
adjusted LDF constants does not appear suitable based on the
nature of boundary conditions that arise at the pellet surface
when approaching the RPSA limit. In order for the LDFP
model to correctly match experimental trends at these cycle
times, the LDF constant would have to increase before �i is 0.1.
Independent pellet simulations of Todd and Webley15 and
Todd,19 in addition to RPSA process simulation performed in
this study, indicate the LDF constant would need to begin
increasing at a �i value closer to 1.

While interpellet pressure profiles obtained from the DPM
and LDFP model matched experimental trends across all cycle
times, small differences in pressure between the DPM and
LDFP model around rapid changes in pressure were attributed
to differences in the rate of mass transfer from the intra- to
interpellet region and vice versa when bulk gas motion
(VF�DGM) is included. Numerical temperature profiles, on
the other hand, were found to overestimate experimental pro-
files due to the slow thermal response of junction-exposed
thermocouples within a packed bed. Despite this, end of step
temperature at long cycle times was in good qualitative agree-
ment using both the DPM and LDFP model. End of step
temperature at short cycle times was generally well predicted
with the DPM, and an axial temperature gradient close to 60 K
arose. The LDFP model incorrectly predicted this same axial
temperature gradient to be almost 100 K.
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